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ABSTRACT
Suspended asphaltenic heavy organic particles in petroleum fluids may stick to the
inner walls of oil wells and pipelines. This is the major reason for fouling and arterial
blockage in the petroleum industry. This report is devoted to study the mechanism of
migration of suspended heavy organic particles towards the walls in oil-producing wells
and pipelines. In this report we present a detailed analytical model for the heavy
organics suspended particles deposition coefficient corresponding to petroleum fluids
flow production conditions in oil wells. We predict the rate of particle deposition during
various turbulent flow regimes. The turbulent boundary layer theory and the concepts of
mass transfer are utilized to model and calculate the particle deposition rates on the
walls of flowing conduits. The developed model accounts for the eddy diffusivity, and
Brownian diffusivity as well as for inertial effects.
The analysis presented in this paper shows that rates of particle deposition (during
petroleum fluids production) on the walls of the flowing channel due solely to diffusional
effects are small. It is also shown that deposition rates decrease with increasing particle
size. However, when the process is momentum controlled (large particle sizes) higher
deposition rates are expected.
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INTRODUCTION
A common problem faced by the oil industry is the deposition of heavy organics inside
the production wells, storage vessels, and transfer pipelines. Our studies and
experiences have indicated that heavy organic deposition is one of the major factors
that increase the cost of production and transportation of petroleum fluids [1, 2].
Furthermore, miscible flooding of petroleum reservoirs by lean gas, carbon dioxide,
natural gas, and other high pressure injection fluids has become an economically viable
technique for petroleum production. Introduction of a miscible fluid in petroleum
reservoirs, will, in general, produce a number of alterations in petroleum fluid flow and
phase behavior and reservoir rock characteristics. One such alteration is the heavy
organic precipitation, flocculation and deposition (asphaltenes, diamondoids, etc.),
which in most of the observed instances result in plugging or wettability reversal in the
conduits [3-7].
In our recent reports we presented the various causes and effects of phase
behavior of petroleum fluids containing heavy organic fractions and their depositions [8,
9]. It is always preferred to prevent heavy organics deposition during petroleum fluid
flows. In cases when heavy organics precipitation could not be prevented we need to
understand the fluid flow behavior which is less likely to cause fouling of a conduit. In
these cases there is a need for understanding how the precipitated and flocculated
particles suspended in the oil will behave under certain flow conditions. This motivated
the research presented in this report. Our main objective is to study the behavior of
suspended heavy organic particles during flow conditions.
As a preliminary step, the tendency of the crude oil to form solid particles,
whenever a miscible solvent is injected into the petroleum reservoir, must be
determined. This may be accomplished by using existing experimental techniques [6, 7]
together with predictive models and packages [5]. These combined experimental /
predictive approaches have proven to be a useful tool for design of production and
transportation schemes for crude oils prune to heavy organics precipitation, flocculation
and deposition.
The study of the behavior of suspended heavy-organic particles during flow
conditions has been focused on the production well since flow through a pipeline is only
a special case of this more general one. A typical production well may be divided into
two distinct sections:
(I). The region above the bubble point (single-phase) is the emphasis of the
present report. Understanding of deposition of particles in this region is especially
important for particles which enter into the oil well from the reservoir.
(II). The analysis of the region below the bubble-point (two-phase flow) is the
subject of our ongoing research.
In this report we present an analytical model for the heavy organic suspended
particles deposition coefficient prior to deposition corresponding to petroleum fluids flow
in producing wells condition. In our previous publications [3, 4, 10] we reported various
segments of this analytical model some of which contained typo errors. For the sake of
comprehensiveness and to provide the readership with the details of the algebraic
manipulations involved we report here the details of the model in its entirety.

DEVELOPMENT OF THE ANALYTICAL MODEL
The theory presented here is for a turbulent petroleum fluid system of constant density,
and viscosity. For petroleum fluid flow in wells this is the case for the region above the
[2]

bubble pressure where only the liquid phase is the medium for the suspended particles.
Substantial research work has been done on the topic of particle deposition on the walls
of channels or pipes in turbulent flow by many researchers [11-17]. The model
presented here is a combination of the work performed by the authors mentioned
above, modified to be applicable to the deposition of heavy organic particles in turbulent
petroleum fluid flow. A key assumption in the development of this model is that fully
developed petroleum turbulent flow has a structure as proposed by Lin et al. From
experimental observations, they proposed a generalized velocity distribution for
turbulent flow of fluids in pipes comprised of three main regions:
0 ≤ r* ≤ 5
5 ≤ r* ≤ 30
30 ≤ r*

- A sublaminar (wall) layer
- A buffer layer
- A turbulent core

Where r * = D i (Vavg f/2 / ν) is a dimensionless distance measured from the wall. This
dimensionless distance is a function of the inner pipe diameter, Di, fluid average
velocity, Vavg, the Fanning friction factor, f, and the fluid kinematic viscosity, ν. The
model presented here is for a system of constant density, and viscosity. Therefore, it is
applicable only to a single phase liquid petroleum fluid flow. This theory can be
extended to the region below the bubble point (gas-liquid slug flow, etc.) using reliable
expressions for petroleum viscosity and density versus pressure and temperature. The
assumption of constant viscosity and constant density is justified since density changes
are not appreciable until the bubble point pressure is reached inside the well (or tubing).
It is also assumed that suspended particles are of uniform diameter, and that, due to
their rather low concentration we could neglect particle-particle interactions. We
assume the thickness of the boundary layer is quite small compared to the radius of the
pipe as a result we can neglect the wall curvature effects in our model.
We start with reporting the equation which is used to describe the particle flux, NP, in
terms of the diffusivities and the concentration gradient [18], i.e.,

(

NP = DB + DE

) dCdr

P

,

(1)

where D B is the Brownian diffusivity; D E is the eddy diffusivity; CP is the particles
concentration and r is the radial distance. The Brownian diffusivity is defined by the
following equation

DB =

k BT
3π .d P .μ

(2)

where kB is the Boltzmann constant (kB=1.38066x1023 [J/K]); T is the absolute
temperature; dP is the particle diameter and µ is the liquid viscosity of the suspending
medium (petroleum fluid). Equation (1) is subject to the boundary condition:
at r = Sd

CP = C PSd ,
[3]

where C PSd is the particle concentration at r = Sd and Sd is the particle “stopping distance”
measured from the wall. A particle needs to diffuse only within one stopping distance
from the wall, and from this point on, due to the particle momentum, it would coast to
the wall. For small particles the stopping distance is small compared with the boundary
layer thickness and consequently diffusion dominates. The proposed correlation for the
particle stopping distance is [13]:

Sd =

0.05ρ P Vavg d 2P f/2
μ

+

dP
,
2

(3)

where ρ P is density of particles; Vavg is the petroleum fluid average velocity and f is the
Fanning friction factor. Equation (1) may be integrated following the procedure for the
calculation of temperature drop across a composite wall. We will find the concentration
profiles from point to point across the boundary layer. That is, we will calculate the
concentration differences through the sublaminar layer, the buffer region and the
turbulent core. By adding these concentration differences we can find the overall
particle flux in terms of the average and wall concentrations. Before we integrate
equation (1) for CP, we need to have expressions for NP and D E as functions of the
radial distance (r) for each of the three main regions in the oil well and pipeline, i.e.
sublaminar layer, buffer layer and turbulent core.
1. Sublaminar Layer
Johansen [17] proposed the following correlation to express the eddy diffusivity as a
function of radial distance (r) for the sublaminar layer:
3

⎛ r* ⎞
D = ν⎜
⎟ for r* ≤ 5
⎝ 11.15 ⎠
E

or

DsE* −5
d

ν

⎛ r* ⎞
=⎜
⎟
⎝ 11.15 ⎠

3

(4)

In this equation ν is the kinematic viscosity of the flowing petroleum fluid, r* is the
dimensionless radial distance and DsE* −5 represents the sublaminar layer (r* ≤ 5) eddy
d

diffusivity,
The particle molar flux, NP, is assumed to vary linearly from the wall to the center line of
the channel, as proposed by Beal [14]:
⎛ 2r * ⎞
N P = N oP ⎜⎜1 − * ⎟⎟
⎝ Di ⎠

(5)

In this equation N oP is the particle flux at the wall; r* is a dimensionless radial distance
and D*i is the dimensionless inner well (or tubing) diameter, both defined by the
following equations

⎡V
f/2 ⎤
r* = r ⎢ avg
⎥
ν
⎣⎢
⎦⎥

(6)
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⎡V
f/2 ⎤
D*i = D i ⎢ avg
⎥
ν
⎣⎢
⎦⎥

(7)

Where Di is the inner diameter of the well (or tubing), Vavg is the fluid average velocity, f
is the Fanning friction factor and ν [m2/s] is kinematic viscosity of the flowing fluid. Let us
also define the dimensionless stopping-distance,

⎡ Vavg f/2 ⎤
s*d = s d ⎢
⎥.
ν
⎢⎣
⎥⎦

s*d by the following equation

(8)

For the sublaminar layer Equation (1) may be integrated following the procedure for the
calculation of temperature drop across a composite wall. We will find the concentration
profiles from point to point across the boundary layer. That is, we will calculate the
concentration differences through the sublaminar layer, the buffer region and the
turbulent core. By adding these concentration differences we can find the overall
particle flux in terms of the average and wall concentrations. Note that Equation (4) is
only valid for dimensionless radial distances smaller than 5, which is the limit of the
sublaminar layer.
Introducing all the new dimensionless variables and the expressions for N and D E into
⎡
⎤
ν
Equation (1), considering that dr = dr * ⎢
⎥ we get:
⎢⎣ Vavg f/2 ⎥⎦
3
2r * ⎞ ⎡ D B ⎛ r * ⎞ ⎤
dC P
P⎛
⎟⎟ ⎥ Vavg f/2 * ,
+ ⎜⎜
N P = N o ⎜⎜1 − * ⎟⎟ = ⎢
(9)
dr
⎝ D i ⎠ ⎢⎣ ν ⎝ 11.15 ⎠ ⎥⎦
subject to the following boundary conditions:

⎧ at r* = Sd C P = C PS *
d
⎨
P
P
⎩ at r* = 5 C = C5
Rearranging Equation (9), integrating and applying the above boundary conditions we
arrive at the following integral form:
2
2/3
N P0 ⎡11.15NSch
⎤
2(11.15) N1/3
P
P
Sch
F2 ⎥
(10)
F
−
C 5 − CS * =
⎢
1
*
d
3Di
3
Vavg f/2 ⎣
⎦
In the above equation N Sch is the Schmidt Number defined as
ν
N Sch ≡ B ,
(11)
D
and F1 and F2 are defined by the following expressions,
2
2
*
1 ⎡ (1 + 5ϕ ) ⎤ 1 ⎡ 1 + sd*ϕ ⎤
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⎜
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−
+
−
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3
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3
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⎜
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(
(

)
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2
*
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⎜
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=
−
+
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3 tan ⎜
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⎟
⎥
⎥
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3
3 ⎠
⎝
⎝
⎠
where for simplicity we have defined

(13)
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N
ϕ ≡ Sch .
(14)
11.15
Equations (10-14) describe the transport of suspended particles in the sublaminar layer
*

to the wall in terms of the concentration difference between the limits r*= s d
(dimensionless stopping distance) and r* = 5 (limit of the sublaminar layer).
2. Buffer Layer
The next step is the calculation of the particle flux between the concentration at r* = 5
and r* = 30 (limit of the buffer layer). The eddy diffusivity expression for the buffer layer
is assumed to be:
2

⎛ r* ⎞
⎟⎟ − 0.1923 for 5 ≤ r * ≤ 30
D = ν ⎜⎜
⎝ 11.4 ⎠
E

or

DsE* −30
d

ν

2

⎛ r* ⎞
⎟⎟ − 0.1923
= ⎜⎜
11
.
4
⎝
⎠

(15)

Integration of Equation (1), using Equation (15) for DsE* −30 gives:
d

P
− C5P =
C30

N oP
Vavg f/2

[11.4θ ⋅ F3 ] − 11.4*
Di

2

⎡11.4 2 − (30θ )2 ⎤
,
ln ⎢
2 ⎥
2
(
)
−
11
.
4
5
θ
⎣
⎦

(16)

where,

F3 =

1 ⎡11.4 − 30θ ⎤ 1 ⎡11.4 − 5θ ⎤
,
ln
− ln
2 ⎢⎣11.4 + 30θ ⎥⎦ 2 ⎢⎣11.4 + 5θ ⎥⎦

(17)

and

⎡
⎤
N Sch
θ ≡⎢
⎥
⎣ 0.1923 ⋅ N Sch − 1 ⎦

(

)
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.
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Equation (16) describes the particle transport in terms of the concentration difference
between the limits of the buffer layer.
3. Turbulent Core
The following step is the calculation of the particle transport rate in the turbulent core in
terms of the difference between the concentration at r* = 30 (upper limit of the buffer
layer) and the bulk concentration (average conc.). The eddy diffusivity for the turbulent
core is taken to be [17]:

[6]

for r ≥ 30

D = 0.4r .ν

*

*

E

or

D30E − avg

ν

= 0.4r * .

(19)

P
If we assume that at V=Vavg we have C P = C avg
, then we could integrate Equation (1)
P
using Equation (19) to obtain the following expression for C avg
,

P
P
− C 30
=
C avg

N oP
Vavg

⎧⎪⎛
12.5
⎨⎜⎜ 2.5 + *
D i N Sch
f/2 ⎪⎩⎝

*
⎞ ⎛ 1 + 0.4ravg N Sch
⎟⎟ln⎜
*
⎜
⎠ ⎝ 1 + 0.4r N Sch

*
⎞ 5ravg
5r * ⎫⎪
⎟−
+
⎬
⎟ D*
D*i ⎪⎭
i
⎠

(20)

*
In this expression ravg
is the dimensionless radial distance (measured from the wall)
where V=Vavg. Equation (20) describes the particle transport in terms of the
concentration difference between the bulk (average) and the upper limit of the buffer
layer.

So far, we have expressions for the three different regions (sublaminar/wall layer, buffer
layer, and turbulent core). Now they may be added together to obtain an expression for
P
No in terms of C avg
, C*Sd , average fluid velocity, S*d , and physical parameters of the
system.
Until now, only dimensionless stopping distances ( S*d ) with values less than 5 have
been considered. However, for particles large enough S*d could be greater than 5. If
so, then the preceding analysis is not valid under these conditions. This difficulty may
be overcome if Equation (1) is integrated between the limits
C P = CSP* at r* = S*d ,
d

and
P
CP = C30
at r* = 30,
using the eddy diffusivity correlation for the buffer layer as expressed by equation (15).
Introducing Equation (15) into Equation (1) and integrating using the assumptions noted
previously, we get:
P
C30
− CsP* =
d

2
11.4N 0 ⎧⎪
11.4 ⎡11.4 2 − (30θ ) ⎤ ⎫⎪
.
F
−
θ
ln
⎢
⎥⎬ ,
⎨ 4
D*i ⎢⎣ 11.4 2 − s +θ 2 ⎥⎦ ⎪⎭
Vavg f/2 ⎪⎩

( )

(21)

Such that,
1 ⎡11.4 − 30.θ ⎤ 1 ⎡11.4 − sd*θ ⎤
− ln ⎢
F4 = ln ⎢
⎥,
2 ⎣11.4 + 30.θ ⎥⎦ 2 ⎣11.4 + sd*θ ⎦

(22)

and θ is defined by Eq. (18).
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*

For S d =5 then Equations (21) and (22) reduce to equation (16) and (17). Equation (13)
still applies to the turbulent core.
*

For particles with a dimensionless stopping distance 0 ≤ S d < 5:
We add equations (10), (16), and (20), to obtain an expression for the mass transfer
P
(transport) coefficient defined as N oP /( C avg
- CsP* ) = K with the dimension of velocity
d

[cm/sec]. The expression for the deposition coefficient obtained is:

K = Vavg

⎫
⎧11.153ϕ 2
11.153 ϕ
f/2 ⎨
F1 −
F2 + 11.4θ .F3 + F5 ⎬
*
3
1.5D i
⎭
⎩

−1

(23)

Parameter F1, F2 and F3 appearing in this equation are the same as defined previously
by Equations (12), (13) and (17), respectively and parameter F5 is given below:
F5 = −

2 *
2
*
2
⎞ ⎡1 + 0.4(11.15 )ravgϕ ⎤ 150 - 5ravg
11.4 2 ⎡11.4 2 − (30θ ) ⎤ ⎛
12.5
⎜
⎟
+
+
+
ln
2
.
5
ln
⎢
⎥
⎥
⎢
2
⎜
2
D*i
D*i11.152 ϕ 2 ⎟⎠ ⎣⎢ 1 + 12(11.152 )ϕ 2 ⎦⎥
D*i
⎣ 11.4 − (5θ ) ⎦ ⎝

(24).

*

For particles with a dimensionless stopping distance 5 ≤ S d < 30:
By combining Equations (20) and (21) and solving for K we get:

K = Vavg f/2 /{11.4θ .F4 + F5 }

(25)

Parameters F4 and F5 appearing in this equation are the same as previously defined by
Equations (22) and (24), respectively.
Inertial Effects
In the above analysis we have derived analytical expressions for the mass deposition
coefficient for different particle sizes in terms of the dimensionless stopping
*

distance S d . Next we must account for the inertial effects.
expression to account for inertial effects [14]:
K

iner

=

N Po
C

P
avs

=

K.p.ϑ
,
K + p.ϑ

We use the following

(26)

where K iner is the deposition coefficient (mass transfer coefficient which contains the
inertial effects), N Po is particle flux at the wall (as previously defined); p is the particle
sticking factor (taken equal to unity); ϑ is the average velocity of the particles near the
walls, and it consists of two parts:
[8]

ϑ = ϑfm + ϑ B ,

(27)

where ϑfm is the particle velocity component due to fluid motion and ϑ B is the
component due to particle Brownian motion,
1/ 2

⎛k T⎞
ϑ =⎜ B ⎟
⎝ 3π .m ⎠
B

,

(

)

1
k B = Vavg f/2 ϑ *fm (d * /2) + ϑ *fm (S*d ) ,
4

(28)

and where m is the particle mass, ϑ *fm (d* /2) is the particle velocity at a dimensionless
radial distance d * /2 , d * is the dimensionless particle diameter, and ϑ *fm (S*d ) is the particle
*

velocity at a dimensionless radial distance S d (dimensionless stopping distance). The
quantity ϑ *fm can be calculated using the following correlation proposed by Laufer,
(1954):

ϑ *fm = 0.05r*

for 0 ≤ r* ≤ 10

ϑ *fm = 0.5 +0.0125 (r* - 10)

for 10 ≤ r* ≤ 30
*

The particles can be anywhere between r* = d* /2 and r* = S d . Considering this we are to
choose the appropriate expression for ϑ *fm .
The analysis for particle deposition onto the walls of a flowing channel from turbulent
fluid streams is concluded by taking into account the inertial effects as in Equation (25).
At this point all the phenomena influencing the deposition rate (Brownian diffusivity,
eddy diffusivity, and inertial effects) have been taken into account.
PREDICTIONS FOR PARTICLE DEPOSITION IN WELLS AND TUBINGS
In our previous publications [3, 4, 10] we compared the predictions of the proposed
model with the available experimental data and the other models. Since experimental
data for particle deposition from turbulent petroleum fluid flows was scarce we used the
deposition data from aerosols to verify our model. As it was shown, the results of our
analysis for particle deposition from turbulent fluid streams were in very good
agreement with the experimental deposition rates for aluminum and iron particles in air.
The predictions of the present model showed a better agreement with the mentioned
experimental data than the models proposed earlier. We believe our model is suitable
for a priori predictions of the particle deposition coefficient from turbulent petroleum fluid
flow.
Figure 2(left) shows the predicted deposition coefficients for particles as a function of
particle diameter suspended in a light petroleum fluid with 30.21 °API gravity
(corresponding to 0.875 SG) and the kinematic viscosity of 11 centi-Stokes (cSt) at
various production rates. Figure 2(right) shows the predicted deposition coefficients
values for petroleum fluids with different kinematic viscosities (and at different °APIs)
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and containing suspended particles of 1,000 nm in diameter.
The particle sizes analyzed ranged from 5 to 200,000 nm. According to Figure 2(left)
deposition coefficients are generally small except at high production rates and for very
large particles. Note a minimum after which the deposition coefficient increases more
rapidly with increasing particle diameter. This is due to the fact that at the minimum
point the deposition process is momentum controlled. According to Figure 2(left),
particle deposition from turbulent petroleum fluid flow is very small when the diameter of
the suspended particles is less than 1,000 nm. Figure 2(right) indicates a decrease in
the deposition coefficients with increasing kinematic viscosity and an increase in the
deposition coefficient with increasing production rate. The lighter the petroleum fluid the
higher the probability of having particle deposition.
Figure 3 shows the predicted deposition coefficients for particles as a function of the
crude oil production rate for two extreme particles sizes, 3.5 nm (corresponding to
asphaltene steric-colloidal particles in original crude oil) and 270 nm (corresponding to
flocculated asphaltene aggregates). As it was mentioned the present analysis is for the
single-phase region of the well-tubing (region before the bubble point is reached). One
can notice from this figure the very small values of deposition coefficients for 3.5 nm
size particles, for the volumetric flow rates of up to 3,000 cu.m/day. Figure 3 also
indicates that deposition coefficients increase with increasing velocities. However,
when the oil production rate is about 10,000 m3/day, deposition coefficient is roughly
0.06 cm/min. Therefore we would expect sizeable amounts of deposition at high
production rates.
With the idea in mind of finding another factor that could increase the particles tendency
to deposit, we examined the effect of particle size on deposition coefficient. This is
shown in Figure 4 where we can notice that deposition coefficients decrease with
increasing particle size due to the fact that Brownian diffusion is inversely proportional
to the particle size of the diffusing species. However, with increasing particle size (or
mass) the momentum increases, so that particle momentum effects become more
important. It is expected a minimum deposition rate for a given particle size, beyond
which the process is essentially momentum controlled, resulting in higher deposition
rates. For a radius of 270 nm, we still notice very small values (see figure 3), this
means that heavy organic particle size must become much larger in order to exhibit high
deposition rates.
We performed model predictions varying the kinematic viscosity of the crude oil to study
the effect of this parameter on the deposition coefficient. This was done because
kinematic viscosity decreases with increasing temperature, and because it is a function
of the API gravity of the crude oil. Figure 5 shows the predicted values, and we can see
a decrease in the deposition coefficient with increasing kinematic viscosity. This means
that the lighter the petroleum fluid is the higher the probability of having heavy organic
deposition will be. However, these predicted values are still very small.
CONCLUSIONS
The model developed for the particle deposition onto the walls of a pipe from a turbulent
petroleum fluid stream in oil wells and pipelines is used to predict the deposition
coefficient from turbulent flow production operations. The effect of particle size on the
deposition coefficient was investigated, finding that when the deposition process is
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diffusion-controlled (particles with diameter < 1,000 nm) the predicted values are very
small. However, when the deposition process is momentum controlled (particles with
diameters > 1,000 nm) the predicted values for the deposition coefficient increase more
rapidly with increasing particle diameter. We also investigated the effect of petroleum
fluid kinematic viscosity on the deposition coefficient. We found that the deposition
coefficient decreases with increasing petroleum fluid kinematic viscosity. For kinematic
viscosity of 12.16 cSt the predicted deposition coefficient is negligible for suspended
particles of 1,000 nm. We also found that the deposition coefficient increases with
increasing production rate. This is due to the fact that at larger production rates the
amount of eddy diffusion is bigger. The proposed model can be used for various cases
of the behavior of heavy organics particle depositions from turbulent petroleum flows so
long as the particles are neutral, their sizes are stable, there are no particle-particle
interactions and there are no phase transitions occurring in the flow. However, in cases
where such changes are occurring in the system this model will require appropriate
modifications as presented and applied elsewhere [19].
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Nomenclature
CP
dP
DB
DE
DsE* −5
d

E
s*d −30

Particles concentration
Particle diameter
Brownian diffusivity
Eddy diffusivity
Sublaminar layer (r* ≤ 5) eddy diffusivity

D

Buffer layer (5 ≤ r * ≤ 30) eddy diffusivity

D30E − avg
Di
D*i
f
kB
NP
N oP
r
r*
Sd
S*d
T
Vavg
µ
ν

Turbulent core (30 ≤ r * ) eddy diffusivity
Inner diameter of well (or tubing)
= Di .Vavg f/2 / ν Dimensionless inner diameter of well (or tubing)
Friction factor
Boltzmann constant (KB=1.38066x1023 [J/K])
Particle flux
Particle flux at the wall
Radial distance
= r.Vavg f/2 / ν Dimensionless radial distance
Particle “stopping distance” measured from the wall
= Sd .Vavg f/2 / ν

Absolute temperature
Fluid average velocity
Petroleum fluid viscosity
Kinematic viscosity (v= µ/ρ) [m2/s]

[11]

ρP

Density of particles
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Figure 2 – (Left Figure) Effect of particle size on the deposition coefficient for a 30.21
°API petroleum fluid with a kinematic viscosity of 11 cSt at various production rates in
(cu.m/day]. (Right Figure) Effect of petroleum production rate on the deposition
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Figure 3. Predicted deposition coefficients as a function of the crude oil
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Figure 4. Effect of particle size on deposition coefficient for a 37.8 oAPI
petroleum fluid.
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Figure 5. Effect of kinematic viscosity on deposition coefficient.
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